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Abstract: Gas-liquid volumetric liquid-phase mass trans-
fer coefficient (k;a) was studied in a slurry bubble column
at the conditions mimicking Fischer—Tropsch synthesis. To
avoid the hydrodynamic disturbances due to the gas
switching, oxygen enriched air dynamic absorption
method was used. Influence of reactor models (CSTR, ADM
and RCFD) on the volumetric mass transfer coefficient was
investigated. Effect of operating pressure, superficial gas
velocity and solids loading were investigated. From the
reactor models investigated, it is recommended to use ADM
model for k;a study. If the CSTR model is used, applica-
bility of the model should be checked. With increase in the
superficial gas velocity and operating pressure, volumetric
liquid-phase mass transfer coefficient increases, while it
decreases with the solids loading corroborating with the
literature.

Keywords: dissolved oxygen optical probe; slurry bubble
column; mass transfer coefficient.

1 Introduction

Fischer-Tropsch (FT) synthesis converts the syngas from
coal/biomass/natural gas to the more useful synthetic
fuels and precursors. For the commercial scale FT synthe-
sis, slurry bubble column reactor (SBCR) is the widely
accepted choice of the reactor. SBCR is a three phase
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reactor, where the syngas is sparged in the form of bubbles
through the slurry of FT wax and catalysts. The syngas from
bubbles has to diffuse through the interfaces (gas-liquid,
liquid-solid) and bulk liquid to reach the active catalyst
site where the reaction happens. Out of these, the gas to
liquid transport is the limiting step in FT-SBCR (Basha et al.
2015; Jin et al. 2014). Thus, the volumetric liquid-phase
mass transfer coefficient (kza) that characterizes the gas to
liquid mass transport plays a decisive role in the perfor-
mance of the FT-SBCR. Table 1 gives the literature on k;a
studies available at the physical properties of phases
relevant to the FT synthesis. From the table it can be
inferred that only few studies (Behkish et al. 2002; Seha-
biague and Morsi 2013) were available at the conditions
relevant to the industrial FT synthesis, other studies were
either conducted at ambient pressure or at low velocity
conditions (<0.1 m/s), thus warranting more studies on the
volumetric liquid-phase mass transfer coefficient (k;a).
The volumetric liquid-phase mass transfer coefficient is
experimentally measured using dynamic absorption tech-
niques or reactive (chemical reactions) techniques in the
literature (Jin et al. 2014; Li and Zhu 2016; Sehabiague and
Morsi 2013). Due to its simplicity and wide applicability,
dynamic gas absorption/desorption method was used
widely (Table 1). In dynamic gas absorption/desorption
method, the rate of change of concentration of the gas is
recorded immediately after switching the gas of interest
from the inert gas or vice-versa. The process of switching
disturbs the hydrodynamics, thus affecting the measure-
ment of k;a. Further, this method has the disadvantage of
large volume of gas required. To overcome the disadvan-
tages of conventionally used dynamic absorption tech-
nique, oxygen enriched air method was used in this work.
Previously, this method was used in biochemical reactors
(Chang, Halard, and Moo-Young 1989; Linek, Sinkule, and
Benes 1991), bubble column (Han and Al-Dahhan 2007) and
bubble column photo bioreactor (Manjrekar et al. 2017). In
this method, a small oxygen flow is added to the existing air
flow, thus making effective switching without disturbing the
hydrodynamics and only small volume of oxygen gas
required for the measurement. The concentration of oxygen
was measured using the dissolved oxygen optical probe in
this work. Dissolved oxygen optical probe is widely used
due to the faster response, higher sensitivity, higher
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Table 1: Studies on the volumetric mass transfer coefficient in the SBCR at physical properties of phases relevant to FT synthesis.

Experimental
technique

Operating conditions

Phases

References

T,K

P, MPa

C,, vol%

Ug, m/s

Solid

Liquid

Gas

Chemical reaction

416, 543

1.1
1-5

16 wt%

0.01-0.036
0.0025-0.02

0.04, 0.1

A1203

Paraffin
Paraffin

N,, CO
H,/CO

Deckwer et al. (1980)
Yang, Wang, and Jin

(2001)

Dynamic desorption

293-523

5-20

0.037

Silica gel

Transient physical
gas absorption

473

0-36

0.085-0.39

Glass beads, iron oxide 0.3

Isopar-m, hexanes

H,, O, N,, CH,

Behkish et al. (2002)

Dynamic absorption

Atm

Atm

0-25

0.03-0.4

0.1

Silica

Paraffin, water, tetrade-

Air/0,

Vandu and Krishna

(2004)

cane, ethanol, tellus oil

C9C11

Dynamic absorption

Atm

Atm

0-25

0.03-0.4

0.1

Alumina catalyst — porous

Air/0,

Vandu, Koop, and
Krishna (2004)

Dynamic absorption

Atm

Atm

0.01-0.12

0.1 x0.02

Alumina/silica powders

, €10C13

Ghani, Yacup, and
Saleh (2012)

Transient physical
gas absorption

8-30 330-530

3-20

0.14-0.26

0.29

Alumina, puralox alumina,

Paraffin, light, heavy FT

cut

He,N,

Sehabiague and Morsi

(2013)

iron oxide

Sand

Dynamic absorption
Dynamic absorption

293-473

1-3
Atm

0.03-0.1  0-20 wt%

0.02-0.08

0.1
0.1 x 0.07

Paraffin
Cc9C11

H,, CO, CO,

0,

Jin et al. (2014)

Atm

0-25

Silica

Abdul Kareem, Gheni,
and Yacoup (2016)
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precision, ease of use, stability, ability to use in harsh en-
vironments, etc. (Wei et al. 2019). The disadvantages of
dissolved oxygen optical probe are chances of physical
damage of the film, mechanical abrasion and fouling (Zhang
et al. 2019). Previously, dissolved oxygen probe has been
used successfully in various two and three-phase applica-
tions (Jordan et al. 2002; Lau et al. 2004; Wei et al. 2019;
Zhang et al. 2019), including slurry bubble column con-
taining solids upto 50 vol% (Ghani, Yacup, and Saleh 2012;
Vandu, van den Berg and Krishna 2005). Due to the ad-
vantages of the dissolved oxygen probe and proven appli-
cability in SBCR, it is used in this work.

In SBCR, the rate of change of concentration measured
in the reactor can be due to the mass transfer as well as the
mixing in the reactor. Mixing depends on the flow char-
acteristics in the reactor. Hence, mixing in the column
should be modeled with appropriate reactor models to
obtain the mass transfer coefficient. This is especially
important for the measurements using the point probes.
The CSTR model was used by most of the researchers,
where uniform mixing was assumed. Few researchers used
one-dimensional ADM model and reported significant
differences in the mass transfer coefficient between ADM
and CSTR model (Deckwer et al. 1983; Gourich et al. 2008;
Han and Al-Dahhan 2007; Lau et al. 2004). In the 1-D ADM,
large scale recirculation and dispersion in the SBCR is
lumped together in a single parameter of effective disper-
sion coefficient. That is, ADM model is over simplified
representation of flow in SBCR. Based on the liquid recir-
culation in bubble column and velocity field in bubble
column, Degaleesan et al. (1996) proposed a phenomeno-
logical model called as RCFD (recirculation and cross flow
with dispersion). RCFD represents the physical phenomena
in SBCR better than ADM by decoupling the global recir-
culation. RCFD is a compartment model, where four com-
partments are assumed, viz., upflow, downflow, sparger
and disengagement zone. Sparger and disengagement
zones are modeled as CSTR, meanwhile upflow and
downflow zones are modeled as the ADM with cross flow
dispersion between them. Previous studies confirmed that
the RCFD model predicted the tracer responses well during
the methanol, FT and dimethyl ether synthesis (Chen et al.
2006; Degaleesan 1997; Gupta et al. 2001). Even though the
previous studies compared the effect of using ADM and
CSTR on k;a, it remains to be tested how this phenome-
nological model (RCFD) performs. Such a comparative
study is important for the use of such model in SBCR, as it is
known that the inappropriate/wrong model greatly affects
the results (Deckwer et al. 1983). Thus, the principal
objective of this work is a comparative study of CSTR, ADM
and RCFD model, where the model parameters of
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dispersion, holdup, and velocity are experimentally ob-
tained rather than values from the correlations as in most of
the previous studies. It is to be noted that the relatively less
use of ADM and other models for the k;a measurement is
due to the need of dispersion and phase holdup required a
priori. In this work, dispersion, velocity and phase holdup
required were obtained from our previous studies at the
same conditions in the same column. With the results of
comparative study, an attempt has been made to explain
the contradictory results in the literature on the variation of
kra with axial sampling position.

The other objective of this work is to study the volu-
metric liquid-phase mass transfer coefficient at the oper-
ating conditions of the previous work to generate
comprehensive data. For the design of FT-SBCR, availability
of the design parameters like phase distribution, velocities,
dispersion, mass and heat transfer coefficient at the similar
conditions will facilitate a more reliable model. Moreover,
such a comprehensive data will be invaluable for the CFD
model development and validation. However, such a
comprehensive data are not available, even though few
studies reported the bubble dynamics and k;a at the similar
conditions (Jin et al. 2014; Sehabiague and Morsi 2013; Yang,
Wang, and Jin 2001). As a part of ongoing effort to generate
the comprehensive data in the high pressure SBCR for FT
synthesis in this lab, phase holdup, bubble dynamics, solid
dynamics, gas, liquid and solid dispersion were studied
previously at the similar conditions (Han 2007; Han, Said,
and Al-Dahhan 2018; Shaikh 2007; Wu 2007; Wu, Suddard,
and Al-Dahhan 2008). In this work, volumetric liquid-phase
mass transfer coefficient was studied at the similar condi-
tions of the previous work to generate comprehensive data.

2 Experimental
2.1 Experimental setup

Figure 1 shows the schematic of experimental setup used.
Slurry bubble column reactor (SBCR) used in this work is
made of stainless steel. The inner diameter of SBCR is
0.162m and length is 2.52 m. A perforated plate was used as
a gas distributor. The distributor has totally 163 holes of
1.32 mm diameter arranged in a triangular pitch with open
area of 1.3%. The threaded ports were made available on
the wall of the SBCR, which facilitated the probe insertion
for the measurements. Backpressure regulator provided in
the outlet line was used to control the pressure. Safety
valves were provided to ensure the safe operation. Gas,
liquid and solids were carefully selected to mimic the FT
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synthesis at the room temperature. At the pressure of
1MPa, the density of air (11.8 kg/m’) is similar to the syngas
of low temperature FT process. Similarly, the properties of
hydrocarbon mixture of C9-C11 compounds supplied by
Sasol mimics the FT wax. This hydrocarbon mixture is
referred as C9C11 (p, — 728 kg/m’, y; — 0.00084 Pa s,
0 — 0.0232 N/m) in this work. The inert, porous, alumina FT
catalyst skeleton (mean diameter — 75 pm) was used as
solid phase. This catalyst skeleton is similar in size, density
and porosity of the active FT catalyst. Liquid and solids
were loaded from the top and unloaded through the drain
valve at the bottom. Air was supplied by the compressors
through the filters. Rotameters were used to meter the flow
rate. Dynamic height of the aerated slurry was maintained
at 1.8 m. The experimental conditions studied in this work
is given in Table 2.

2.2 Measurement technique

Optical oxygen probe manufactured by Ocean Inc. was
used to measure the dissolved oxygen concentration. This
probe consists of light source, optical fiber, thin film con-
sisting of fluorescent molecules coated on the probe tip,
spectrometer, USB A/D converter and computer. The
working principle of this fluorescence type sensor is as
follows. Light source emits 475 nm wavelength light on the
thin film coated on the tip of the probe, which in turn emits
the 600 nm wavelength light. The dissolved oxygen in-
teracts with the fluorescent molecules, thus interfering in
the emission process resulting in the reduction of intensity
of the 600 nm wavelength light emitted. This process is
called ‘quenching’. The intensity reduced is linearly pro-
portional to the dissolved oxygen concentration. The in-
tensity of the light was measured by spectrometer, which
was connected to the computer for data acquisition. The
measured concentration (C,) of the dissolved oxygen at
time t differs from actual concentration of the oxygen C;(f)
in the liquid due to the delay in the response time of the
probe. This delay is typically modeled as first order process
(Gourich et al. 2008; Jin et al. 2014),

dcgt(t) =k, (CL(t) - Cp (1)) (1)

where k;, is the probe constant. The probe constant, k,, was
obtained by conducting experiments as follows. Two con-
tainers of liquid — one saturated with oxygen by air flow
and other one stripped of oxygen by supply of nitrogen
gas — were used. Optical fiber probe kept in the container of
oxygen stripped liquid was immediately moved to the
container of oxygen saturated liquid, thereby a step change
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Figure 1: Schematic of slurry bubble column
reactor (SBCR) experimental setup used for
measuring dissolved oxygen by optical

of concentration was imposed. The yielded response gives
the actual DO concentration after a delay k, which can be
computed by integrating eq. (1) with the initial conditions
of t = 0, C;(t) = 0, which results in

Cp (1) = C; ,(1-€™") ®)

The actual response (Figure 2) was fitted using eq. (2) to
obtain the probe constant. From the fitting, k, was found to
be1.1s™.

As explained earlier, oxygen enriched air dynamic
absorption technique was used in this work to avoid the
hydrodynamic disturbance. To inject the oxygen in the
stream of airflow, provisions were made on the air line

Table 2: Experimental conditions of oxygen mass transfer
measurements.

System Superficial gas Pressure, Solids
velocity Ug, m/s MPa loading, C;

Air-CoCq4-FT 0.03, 0.05, 0.08, 0.14, 1.0 0

catalyst 0.20, 0.30 0.1 0
1.0 9.1vol%
0.1 9.1vol%
1.0 25vol%
0.1 25vol%

oxygen probe.

just before the plenum as shown in Figure 1. The oxygen
was supplied from the cylinder. The oxygen flow rate of
3% of total flow rate was added by using solenoid value
synchronized with the digital timer. To avoid the influ-
ence of noises due to the relatively small quantity of the
oxygen, experiments were repeated until the average of
all the experiments gave the smooth curve with less
noise. The smoothened curve were used for the further
processing. The actual DO concentration in the liquid
can be obtained by rewriting eq. (1) as,

1.dG, (6)
k, dt

CL(t)=Cp(t) + €)

The radial position of the probe was kept at the center
(r/R = 0) of the column for the axial dispersion model

(ADM) and at both r/R = 0 and r/R = 0.85 for the mecha-
nistic RCFD model.

3 Theoretical background
3.1 CSTR model

With the assumption of perfect mixing, change in the
concentration of oxygen in the liquid phase is given by,
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Figure 2: Response and fitting of the DO from calibration
experiments.

dCL kLa "
erT(cLlE—cL) (4)

Integration of the above equation with the initial
conditions: t =0, C; = Cz, 4 Vields,

€ =1 e (%) 5)

The normalized concentration, C; in eq. (5) is defined
as,

. G -C,
L= e
CLe=Cra

(6)

where C; , and C;  denotes the saturation concentration of
oxygen in the liquid saturated by air and oxygen enriched
air, respectively.

The minimum square error fit method was used to fit
eq. (5) with the dissolved oxygen concentration data from
the experiments to obtain kya/e;. Then the value of k;a was
computed from kya/e; after obtaining liquid holdup as
€r =1 - € — €s. The overall gas holdup, £; was obtained
from the bed expansion studies as

H d— H s
" TH, @
where Hy, Hg are the dynamic and static bed height,
respectively.

€

3.2 Axial dispersion model

The one-dimensional ADM for the liquid and gas phase can
be written as,
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bCL ach kLa

=L _ L2 (HC- -

5 =Digi e (HCo—Co) ®)
bCG _ bZCG bCG kLa
Y G?‘uGg_TL(HCG_CL) ©))

where H is Henry’s constant, D;, D; are the dispersion
coefficient of liquid and gas phase, respectively. The above
equations were solved with the following boundary and
initial conditions.

Boundary conditions:

aC oC
Z = O)b_ZL z=0 =0; and UGCG,in = uGCG|z=0 B DG bZG z=0
z:L,E =0; and% =0
oz oL oz Z=L

Initial conditions: t = 0, C; = C; = 0.

The unknowns in egs. (8) and (9), viz., dispersion
coefficients and liquid holdup were obtained as follows.
The liquid holdup was obtained as given in the previous
section. Even though there will be a small variation in the
liquid holdup axially, these variations are negligible in
the fully developed region. The values of the gas disper-
sion (Dg) were obtained from the gas tracer studies in the
same column with the same operating conditions, which
was reported in Han, Said, and Al-Dahhan (2018). The
values of the liquid dispersion for the operating condi-
tions without solids were obtained from the virtual tracer
studies of Han (2007). For the operating conditions where
solids were used, dispersion coefficients of the solids were
used as the liquid dispersion coefficient assuming the
pseudo-homogenous slurry.

3.3 Recirculation and cross flow with
dispersion (RCFD)

RCFD model considers four zones viz., upflow, downflow,
bottom and top zone based on the recirculation of liquid in
bubble columns (Degaleesan 1997). The upflow and
downflow zones are the regions where the liquid flow is
predominantly upwards (center region) and downwards
(annulus region), respectively. Bottom and top zones are
the regions where the flow turns, viz., sparger and disen-
gagement region, respectively. The upward and downward
zones are modeled as ADM with axial dispersion and radial
dispersion between two zones. Meanwhile, sparger and
disengagement zones are modeled as CSTR. RCFD model
was used only for the liquid phase in this work. The gas
phase has much less recirculation than the liquid, further
gas phase parameters in the RCFD model are not available.
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Hence, ADM was used for the gas phase. Therefore, eq. (9)
and the corresponding boundary and initial conditions
were used for gas phase in this case. The RCFD model
equations, boundary and initial conditions for the liquid
phase with mass transfer terms in SBCR are given below.
The k;a values in all the four zones were assumed equal
because the measurement accuracy did not support fitting
different k;a values for the zones.
Upflow zone (0 ~ 1):

aCI_,u -D azCI_,u —u aCL,u _ 4(Dr€L)r:r'
ot 21 dz2 Ludg rRey (10)
kra
(CLu—Cra)+—— (HCG - Cp)
eL,u
Downflow zone (' ~ R):
oCra szL,d+u bCL,d+ 4r' |R \( (Dr€r),-r
ot Tez Mz T\R-p? €Ld
kia
X (CL,U—CL,d)i—L(HCG—CL,d) (11)
€La
Sparger zone:
dCp 4 _€Lala (Rz - rlz),‘ o €Uy "_2
at ~e¢D R = gpD R
k
+ L HC - o) 1)
€L
Disengagement zone:
dCL,b _ €LulLy i I B €r,qUr d (RZ _ r’Z)C
dt ~ e¢,D R gD R
kia
+ EL (HCG - CL,b) (13)
L

Boundary conditions:

2=0,Cul,o=Crao Cral,.o=Cra
z=LCrul,_, =Cp Cral,, =Crs

Initial conditions: t =0, Cy 4 = Cyp = Cry = Cr 4= 0.

The radial inversion point (r), phase holdups (ez ., £1.4)
and liquid velocities (uz,, Uz 4) in the compartments were
obtained from the computed tomography (CT) and computer
aided radioactive particle tracking (CARPT) data (Han 2007).
The three dispersion parameters (D, D, 4, D,) were obtained
from the virtual tracer studies of Han (2007). The length to
diameter ratio (¢, ¢p) of the sparger and disengagement
zone was taken as 1.0 based on the CARPT results. The DO
responses measured by the optical probe in the upward
flowing zone (r/R = 0 and various axial positions) and in the
downward-flowing zone (r/R = 0.85 and various axial posi-
tions) were fitted with C, (z, ©) and C 4 (2, t), respectively.
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Figure 3: Comparison of concentration curves of ADM, CSTR and
RCFD reactor models with experimental data at height z/L = 0.8 for
the operating conditions of Us — 0.3 m/s, P — 1.0 MPa. Dispersion
values used for ADM are Dg — 0.135 m?/s, D, — 0.0764 m?/s (Han
2007; Han, Said, and Al-Dahhan 2018). The parameters used in RCFD
are D, - 0.0275 m%/s, D, 4 — 0.0319 m?/s, D, - 0.0041 m*/s u; , -
0.366 m/s, u; 4 — 0.35 m/s (Han 2007).
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Figure 4: Comparison of volumetric mass transfer coefficient from
ADM, CSTR and RCFD reactor models at different heights.

4 Results and discussion
4.1 Comparison of models

Figure 3 shows the experimental response curve fitted with
the models at an axial position close to the reactor top
(z/L = 0.8). The ADM and RCFD model have better fitting
with the DO profile. Meanwhile the CSTR model gives
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relatively poor fitting. The k;a values obtained using these
models at different axial positions are given in Figure 4.
The RCFD and ADM models gave similar results at all the
axial positions. Thus, it can be concluded that using RCFD
or ADM model does not lead to significant variation in the
kra values. Compared to the ADM and RCFD model, results
of CSTR model are much more dependent on the axial
sampling locations. The k;a values obtained using the
CSTR model is 28% (z/L = 0.8) and 5% (z/L = 0.2) lower than
using the ADM or RCFD model at top and bottom, respec-
tively. Since k;a represents the overall mass transfer coef-
ficient in the reactor model, it is expected that same k;a
values would be obtained regardless of the sampling po-
sition. However, significant variation of k;a values with
axial positions were obtained while using CSTR model. The
kra values at different axial sampling positions vary up to
30% while using the CSTR model, whereas the ADM or
RCFD model yielded less than 5% differences. In ADM and
RCFD models, the convection and dispersion of phases
were accounted, whereas the CSTR model assumes uni-
form mixing. Hence, the differences encountered might be
due to incorrect accounting of the convection and disper-
sion of phases. It is to be noted that Gourich et al. (2008),
Manjrekar et al. (2017), Han and Al-Dahhan (2007) reported
that CSTR fitting is poor due to the lack of convection term
in CSTR. Contrary results were reported in the literature on
axial variation of k;a while using CSTR model. Han and Al-
Dahhan (2007) reported that the results vary with the
height while using CSTR, whereas Chen et al. (2013) re-
ported that there is no variation of the k;a values with the
axial position. The above contrary results can be explained
with the work of Gourich et al. (2008). Gourich et al. (2008)
reported that if the characteristic time of the mass transfer
(1/kza) is more than five times of the characteristic mixing
time of the gas phase (egh,/Ug, where h,, is probe distance
from the sparger), CSTR and ADM gives similar results. If
the characteristic time is closer, the deviation between the
CSTR and ADM increases. Physically the observation of
Gourich et al. (2008) signifies that if the gas phase mixing is
significantly faster than the mass transfer, effect of con-
vection on the k;a is negligible. The characteristic times of
Chen et al. (2013) differ by at least 10 times, thus k;a values
are not significantly changing with axial position irre-
spective of the CSTR model used. In the case of this work
and Han and Al-Dahhan (2007), characteristic time of the
mass transfer is less than four times of the gas phase
mixing, hence the k;a values are changing with the axial
position due to the lack of the convection accounting in the
CSTR model.
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Unfortunately, the dispersion parameters required in
ADM/RCFD models were available at a limited number of
conditions only. Hence, ADM/RCFD model cannot be used
for all the conditions studied in this work. From Figure 4, it
can be inferred that the variation between the reactor
models is reduced when measurements are made close to
the inlet. However, the sampling position should not be too
close to the inlet (into the sparger zone) where the gas
holdup may be significantly different from the overall gas
holdup (Han and Al-Dahhan 2007). Hence, the sampling
position should be chosen where the influence of sparger is
minimized. Degaleesan (1997) and Xue et al. (2008) reported
that the sparger effect is minimized when the z/D is more
than 0.7. From the computed tomography (CT) studies, Han
(2007) reported that the gas holdup has not changed
significantly after z/D = 2 at the operating conditions of this
work. Based on the model comparisons, it was found that at
z/D = 2.0 (or z/L = 0.2) the three reactor models yielded the
smallest differences in the results (~5%). That is, at the axial
position of z/D = 0.2, the k;a values have least dependence
on the model. Hence, measurements were carried out at z/
D =2.0 and CSTR model was used to obtain the k;a values at
all the operating conditions studied in this work.

From the above discussion, it can be concluded that it
is always safer to use ADM model. For some reason CSTR
model is used, applicability of model should be checked in
terms of the characteristic time as observed by Gourich
et al. (2008) or in terms of k;a variation with the axial
position. It is be noted that the axial dependency of k;a is
due to the inappropriate model used (Deckwer et al. 1983).
If the applicability of the CSTR model is in question, then it
is advisable to take measurements immediately after the
sparger zone, where the effect of sparger is minimal. This is
especially important for the studies conducted in high
length-to-diameter ratio reactors.

4.2 Effect of solids loading and superficial
gas velocity

The overall gas holdup obtained from eq. (7) at different
superficial gas velocities and solids loadings are shown in
Figure 5, corresponding k;a are given in Figure 6. The gas
holdup increases with increase in the superficial gas ve-
locity at all the pressure and solid loading conditions
investigated. With increases in the gas velocity, more
bubbles introduced into the reactor resulting in the higher
gas holdup. However, the increase in the gas holdup is not
uniform. Initially, the gas holdup increases steeply with
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Figure 6: Effect of the superficial gas velocity and solids loading on volumetric mass transfer coefficient.

increasing in the superficial gas velocity, thereafter the
slope has reduced substantially. For each conditions,
the transition happens at different velocities; typically the
onset happens quicker with higher solids loading. It is to be
noted that similar profiles were reported by Vandu, Koop,
and Krishna (2004). This change is due to the regime change
from homogenous regime to heterogeneous regime. At
homogenous regime, the gas holdup changes steeply due to
the increase of smaller bubbles predominantly, whereas in
heterogeneous regime the large bubbles were observed
(Vandu, Koop, and Krishna 2004) due to coalescence, thus
rate of increase of gas holdup with superficial gas velocity is
reduced (Abdulkareem, Gheni, and Yacoup 2016).

The k;a is increased with the superficial gas velocity
as shown in Figure 6. Increase of k;a follows the similar
trend as discussed above for overall gas holdup. It is to be

noted that k;a can increase due to the increase in the
interfacial area or k;. It is experimentally confirmed that
the specific interfacial area follows the similar trend of the
overall gas holdup and k;a of this work by Wu (2007) and
Wu, Suddard and Al-Dahhan (2008). This confirms that
change in the volumetric mass transfer coefficient is
predominantly due to the increase in interfacial area at
the investigated conditions. Similar observations has
been made by Kluytmans et al. (2003), Vandu and Krishna
(2004), Chen et al. (2013).

With increase in the solid loading, overall gas holdup
decreases as shown in Figure 5. At higher pressure of 1.0 MPa,
the decrease is more prominent compared with the lower
pressure of 0.1 MPa. The viscosity of the slurry increases with
the increase of solids loading, which encourages bubble
coalescence resulting in the decrease of gas holdup.



DE GRUYTER

Figure 6 also gives the effect of solids loading on the
volumetric mass transfer coefficient. The k;a decreases at
both low pressure (0.1 MPa) and high pressure (1.0 MPa)
with increase in the solids loading. The trend of the k;a
with the solids loading is similar to the overall gas holdup
shown in Figure 5. Increasing of solids loading results in
the increase of fraction of larger bubbles (thus lower gas
holdup). This is also confirmed by Wu (2007). With in-
crease in the fraction of larger bubbles, the interfacial area
decreases, thus leading to the decreases of volumetric
mass transfer coefficient. Similar results were reported in
the previous studies of Behkish et al. (2002), Chen et al.
(2013), Sehabiague and Morsi (2013). However, Vandu,
Koop and Krishna (2004) reported that there is no depen-
dence of k;a on solid loading at the similar operating
conditions of this work. This might be due to the hydro-
dynamics disturbance while switching from nitrogen to the
air in their work. Further, their work assumed that
the system is well mixed and measurements were taken at
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the static bed height away from the distributor. From the
results of this work given in Figures 3 and 4, both these
assumptions affects the k;a values significantly.

4.3 Effect of operating pressure

Figure 7 shows the effect of operating pressure on the
overall gas holdup. With increase in the pressure, stable
bubble size decreases resulting in the larger fraction of
small bubbles (Lin et al. 1998; Wilkinson 1991). The larger
fraction of small bubbles increases the overall gas holdup
due to the longer residence time of smaller bubbles
(Lin, Tsuchiya and Fan 1998; Luo et al. 1999; Wu 2007; Xue
2004). Further, at the higher superficial gas velocity, in-
crease of overall gas holdup with pressure is relatively
high. It can also be inferred that the relative increase of
overall gas holdup with pressure decreases with increase in
the solid loading. This is due to the opposing effect of solids
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loading. The higher solids loading encourages the bubble
coalescence due to the higher apparent viscosity, whereas
higher pressures (higher gas density) encourages bubble
breakup (Jin et al. 2014; Sehabiague and Morsi 2013). Thus,
two competing phenomena results in relatively lower gas
holdup at the operating conditions of this work.

Figure 8 gives the effect of operating pressure on the
kra. The k;a values increases with increase in the pressure
at all the superficial gas velocity and solid loading condi-
tions investigated. As discussed in the effect of pressure on
overall gas holdup, increase in pressure leads to increase in
smaller bubbles. Increases in smaller bubble results in
higher gas interfacial area. This is experimentally
confirmed by the work of Wu et al. (2008) at similar oper-
ating conditions in the same column. Thus, increase of
volumetric mass transfer coefficient is predominately due
to the increase in gas interfacial area. These observed
effects of operating pressure are qualitatively similar to
those observed in previous reports (Jin et al. 2014; Jordan

et al. 2002; Letzel et al. 1999; Sehabiague and Morsi 2013;
Yang, Wang, and Jin 2001).

5 Concluding remarks

Volumetric liquid-phase mass transfer coefficient in the
mimicked FT slurry column was investigated using dis-
solved oxygen optical probe. The oxygen enriched air
method was used, instead of conventionally used
switching method to avoid the disturbance in the hy-
drodynamics. CSTR, ADM and RCFD models were used to
find the k;a. Both ADM and RCFD model gives similar
values of kya, whereas results of CSTR model vary
significantly from the other models and depend on the
axial position. From the literature and this work, it can be
concluded that it is always safe to use ADM model. If the
CSTR model is used, the applicability of the model should
be checked and the sampling should be done at the axial
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position immediately after the sparger zone. With in-
crease in the operating pressure and superficial velocity,
kraincreases, while with solid loading it decreases. From
the results, it can be referred that change of k;a is
prominently due to the change in the interfacial area at
the studied conditions.

Nomenclature
a Gas-liquid interfacial area, m* Sparger zone
C, Co Concentration of oxygen in liquid and gas phase,

respectively, kmol/m>

Cias Cip Concentration of oxygen in liquid phase in the upflow
and downflow zone, respectively, kmol/m>

Ciu Cra Concentration of oxygen in liquid phase in the sparger
and disengagement zone, respectively, kmol/m?

G Concentration of oxygen measured by DO probe,
kmol/m?

Cs Solids loading, vol%

Cia Saturation concentration of oxygen in the liquid
saturated by air, kmol/m>

Ce Saturation concentration of oxygen in the liquid
saturated by oxygen enriched air, kmol/m?

¢ Normalized concentration, —

D Diameter of the column, m

D, D, Dispersion coefficient of gas and liquid phase,
respectively, m?/s

Dyy, Dy Axial dispersion coefficient of liquid in the upflow and
downflow zone, respectively, m?/s

D, Radial dispersion coefficient of liquid, m?/s

H Henry’s constant

Hg, Hs Height of dynamic and static bed, respectively, m

ky Probe constant, s

k.a Volumetric mass transfer coefficient, s™

P Pressure, MPa

r Radial inversion point, m

R Radius of the column, m

t Time, s

T Temperature, K

Us Superficial gas velocity, m/s

Greek letters

£ Holdup
¢ Length to diameter ratio

Subscripts

Sparger zone

Air

Disengagement zone
Downflow zone
Oxygen enriched air
Gas

Liquid

o ma o>
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p DO probe
) Solids
u Upflow zone
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