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Many of the most important industrial chemicals are produced by catalytic
processes. Ammonia, sulphuric acid, phthalic anhydride, acrylonitrile and
many other chemicals are manufactured in very large volumes by hetero-
geneous catalysis. Catalysis has proved enormously successful in practice,
and its promise for new and better products and processes is so great that
industry now spends many millions of dollars each year on research and
development in the area of applied catalysis.

The successful development of the many important catalytic processes
has been accomplished in spite of the fact that the mechanism of catalysis
is not well understood, and catalysts must be selected or developed largely
on the basis of empirical knowledge and experience. The elucidation of the
mechanism of surface reactions is proving to be an exceedingly complex and
difficult scientific problem. Progress would be more rapid were simpler and
better techniques available to measure directly the state of the reacting
species on the catalytic surface, as the reaction proceeds. The gross kinetics
of the surface reaction, however, can often be developed if information is
available concerning the concentrations of reactants and products in the
fluid immediately adjacent to the catalyst surface.

Almost all industrial and most academic studies of heterogeneous catalysis
depend on measurement of the concentrations of reactants and products in
the ambient fluid. Part of the chemical potential corresponding to the reac-
tant concentration in the ambient fluid is dissipated in transporting the
reactants and products to and from the surface of the solid; the potential of
interest in the study of the surface kinetics may be quite different from that
measured and reported. In the extreme case of a very active catalyst and a
large resistance to mass transfer, the results are relevant to the mass transfer
phenomena but not to catalysis. There are, in fact, studies reported in the
scientific literature in which the investigator measured mass transfer resistances
in the belief that he was studying catalysis. Studies providing ambient fluid
concentrations can be analysed more rationally if methods are available to
estimate the difference between the reactant concentration at the surface and
that in the ambient fluid; some of the methods available for this purpose
are summarized in this paper.

As a simple example of the problem, consider a first order irreversible
reaction catalysed by a single spherical pellet of porous catalyst. In the steady
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state the rate of transport of reactant from fluid to outer pellet surface must
be equal to the rate of reaction:

- g? = kcAs (Co - Cs) = ﬂpkv VcCs - 7’)okvaCo (1)
where —dn/dt is the rate of reaction in mole/sec, C, is the reactant concen-
tration in the ambient fluid in g mole/em3, Cj is the reactant concentration
in fluid adjacent to outer pellet surface in g mole/cm3, A; is the outer pellet
surface in cm?, %, is the mass transfer coefficient, fluid to pellet in cmysec,
Ve is the pellet volume in cm3, and £y is the chemical rate constant applicable
throughout the porous pellet in sec—1.

The effectiveness factor 7y is the ratio of the reaction rate to that which
would be attained if all of the pore surface were exposed to the concentration
Cs; the “overall” effectiveness factor 7, is the ratio of the actual reaction
rate to the rate attainable with all of the pore surface exposed to the reactant
concentration Co. The following relation is easliy obtained:

1
= Riyj3ke I+ 17 @

where R is the radius of the spherical pellet.

The overall effectiveness factor is unity if there is no mass transfer resist-
ance (3kc > Rky, 7p = 1); mass transfer resistances within the pellet struc-
ture (np < 1), or around the pellet (ky/kc > 3/R) reduce 7, to a fraction.

MASS TRANSFER BETWEEN A FLUID AND A SOLID SURFACE

If the mass transfer resistance is significant, that is, if part of the available
chemical potential is dissipated in transporting the reacting species, then the
temperature and concentrations at the solid surface are not those of the
ambient stream. The observed activation energy of the overall process is not
that of the surface reaction (it is usually less). If competing chemical reactions
are involved, the selectivity of the catalyst will depend on the value of the
mass transfer resistance.

The foregoing is intended to emphasize the need to know the magnitude
of the mass transfer resistance in order that one may interpret experimental
data properly, or “scale up” laboratory data for industrial purposes. For-
tunately, there are reasonably reliable methods, some theoretical and some
empirical, to use in the prediction of k. and of the chemical potential lost
in promoting mass transfer. These methods cannot be described in this brief
review, since there are so many of them, each applying to a particular
geometry and to either laminar or turbulent flow of the fluid. Two or three
will be mentioned as examples of the useful correlations now available,
mostly in the literature of chemical engineering. In many cases it is not
necessary to be able to estimate £, with great accuracy; situations in which
the mass transfer resistance is either negligible or dominant are common, so
that approximate methods often serve to define the role of diffusion.

Fluid motion is laminar at low flow velocities and each element of the
fluid follows a definite path, which, in principle, is known or can be calcu-
lated. Mass transfer from a fluid in laminar flow to a solid surface can, again
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in principle, be calculated, though the analysis is often difficult. Levichl,
for example, presents the theory for the case of mass transfer between the
surface of a rotating disc and a fluid in laminar motion, and obtains the

relation:
2%.R A3 [wR\1/2
p —V# (5) (—) @)

where D is the molecular diffusion coefficient, » is the kinematic viscosity
of the fluid, R is the radius of the disc, and w is the angular speed of rotation.
The quantity on the left is the Nusselt number for mass transfer, »/D is the
Prandtl number for mass transfer (often referred to as the Schmidt number),
and the dimensionless ratio wR/v is a version of the Reynolds number. The
rotating disc and the very long rotating cylinder are examples of the rela-
tively few cases in which the surface is “uniformly accessible’: £ is the same
at all points on the surface. The analysis of experimental data is simplified
greatly if uniformly accessible surfaces are employed, with or without surface
catalysis.

Laminar flow over a flat plate is a case in which the surface is not uni-
formly accessible: the local value of k. decreases sharply with distance x
from the leading edge. The average value of k¢, from which the mass trans-
port to the entire plate may be calculated, is given by 1> 2:

kb W13 R\ 1/2
o) (4

where 7 is the length of the plate in the direction of flow, and U is the ambient
velocity of the fluid.

Of more interest in catalysis, however, is the case of mass transfer between
a solid sphere and a flowing gas or liquid. As for most bluff objects, transition
from laminar to turbulent flow is gradual, and attempts have been made to
correlate the existing experimental data by means of single equations cover-
ing the entire range of Reynolds numbers. Several of the proposed correla-
tions are of the form:

1/2 »\1/8

D D

where R is the sphere radius. Values of the constant K reported by various
authors fall in the range 0-3-1-0. A recent review? of existing data in the
range of Reynolds numbers from 20 to 2000 (commonly employed in studies
of catalysis) suggests K = 0-63 for gases and K == 0-76 for liquids.

At negligibly small flow 2kcR/D is 2-0, as may be readily calculated for
radial molecular diffusion from a sphere to an infinite stagnant medium.
At very low fluid velocities, as for a solid sphere falling freely in a fluid, the
group 2k.R/D is best expressed as a function of the Péclet number 2UR/D,
as indicated by Figure 1% This shows the asymptote of 2, a curved inter-
mediate section based on theory, and an upper asymptote represented by:

2kcR 2UR\1/3
5 =099 ( )

= (6)

597



T. K. SHERWOOD

This last, with slightly different constants, is given by Levich! and by
Aksel’rud’. Equation (6) may be combined with Stokes law to eliminate U

and so obtain:
Ap\ 13 -2/3
ko* — 0-38 (-g—pf) (5”) )

where ps is the fluid density, Ap is the difference in density between fluid
and solid, and k¢* is the coefficient of mass transfer from a fluid to a sphere
in free fall. Figure I suggests that this should apply at values of the Péclet
number greater than about 500. At lower values of the Péclet number the
curved portion of Figure 1 may be similarly combined with Stokes relation
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Figure 1. Mass transfer to a single sphere moving in a fluid at low velocity

to obtain £.*. From equation (7), and from the fact that 2k.*R/D approaches
2 as the particle radius approaches zero, it is evident that k¢* is independent
of R for large particles, but inversely proportional to R in the case of very
small particles.

Suspensions of dispersed solid catalysts are commonly employed for
hydrogenations and other catalytic processes. Agitation tends to improve
mass transfer, but the effect is surprisingly small. Very small particles tend
to follow the motion of the fluid and stirring does not increase 4¢; 4 for
larger particles is increased by stirring or agitation, but Harriott® has shown
that kq/ke* for suspensions in liquids ordinarily falls in the range 1-4.
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Anu approximate value of k¢ can thus be obtained by employing a calculated
or measured settling velocity, (Figure 1), and an assumption that ke/kc*
is about 2.

For very finely divided solids in suspension, both the area per unit mass
and the mass transfer coefficient are inversely proportional to the particle
size, so the slurry or fluid bed can provide enormous reaction capacity com-
pared with other reactor designs.

It has proved difficult to develop a simple method to characterize the
shapes of broken and irregular solid particles, and to relate their size and
form to the sphere radius employed in mass transfer correlations. The recent
papers of Lochiel and Calderbank? represent an important contribution in
this direction, but the use of a particle radius corresponding to a sphere
having the same ratio of external surface to volume is often adequate for
technical calculations.

The value of mass transfer correlations in the analysis of kinetic data is
illustrated by a recent study of the hydrogenation of a-methyl styrene. This was
carried out in this laboratory by Farkas8 who employed a 2-5 cmi.d. “bubble
column” containing 0-5-3 g/l. of palladium black suspended in a liquid
mixture of a-methyl styrene and cumene. Hydrogen, supplied at the bottom
at atmospheric pressure, served not only to keep the catalyst in suspension,
but to maintain the liquid thoroughly mixed from top to bottom of the
column.

At steady state the rate of cumene formation is equal to the rate of solution
of hydrogen in the liquid and to the rate of transport of hydrogen from the
liquid solution to the surface of the catalyst particles. If the reaction at the
surface is first order in hydrogen, then:

molefh = (k) gdg(Co* — Co) = (ke)pdp(Co — Cs) = krdpCs (8

The symbol C refers to concentration of hydrogen in the liquid, Co* is the

value at equilibrium with the gas, C, is the value for the bulk liquid, and

Cs is the concentration at the surface of the solid particle. The coeflicient of

mass transfer from gas to liquid is (f¢) ¢ and from liquid to particle is (k¢)p;

kr is the chemical rate constant expressed in terms of the particle surface 4y.
Eliminating C, and Cj, these relations lead to the following:

. 1 1 1 ]—1

ol = Co |3+ G ©
This suggests that data obtained with different catalyst loadings (which are
proportional to A,) might be correlated by plotting the reciprocal of the
rate per unit volume os. the reciprocal of the catalyst loading. Figure 2 shows
Farkas’ data plotted as suggested; it is seen that the analysis is well substan-
tiated.

Figure 2 would appear to provide a good correlation of kinetic data for a
case of heterogeneous catalysis. This correlation is ambiguous, however,
since the indicated effect of loading may be due to the effect of variation of
particle surface on either mass transfer or surface reaction; there is no
indication of the relative importance of the second and third terms in the
square brackets of equation (9).
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As noted earlier, Figure I provides a basis for the estimation of (k¢)p. The
calculation of (k) pAp, however, can be expected to be good only to an order
of magnitude, since the particles are not spheres but variable agglomerates,
and the median diameter obtained from settling measurements cannot pro-
vide a reliable value of 4;. Carrying out the calculation, it is found by the
use of Figure I that the predicted maximum rate [(k¢)pAdpCo*)] of mass

50 ‘
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Figure 2. Hydrogenation of a-methy! styrene

transfer to the particles is only one-tenth of the observed rates. The conclusion
that the diffusional resistance was important is inescapable. In all probability,
the work described should be considered as an investigation of mass transfer
to suspended particles, and not a study in catalysis.

Large-scale continuous catalytic processes commonly employ fixed beds
of extrudates or pressed pellets. The flow passages in such beds are quite
complex, and it has been found necessary to develop empirical correlations
of data on mass transfer between the pellets and the flowing gas or liquid.
Many such correlations appear in the literature; Figure 3 is representative of
those which relate the Chilton—Colburn * J-factors’ to the Reynolds number
based on particle diameter. The dimensionless quantities appearing as
ordinates are defined by:

_ch B 2/3‘ ——_ZL Cfpv 2/3
Jo="¢g (D) ’jﬂ‘—"cfc:( k )

The lower line provides a basis for estimating & and the upper line an estima-
tion of the coefficient of heat transfer, %. Similar correlations for mass and
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heat transfer particles in fluidized beds are available? 19, though these are
probably less reliable than the fixed bed correlations.

The mass velocities usually employed with gas flow in fixed beds are large .
enough to cause the mass transfer resistance to be quite small. In fact it
seems safe to generalize by stating that the resistance to mass transfer from
gas to the outer surface of the particles cannot be important if more than
25-40 cm of bed height are required to cause a first order reaction to be
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Figure 3. Variation of Jg and Jp with Reynolds number in fixed beds

carried 90 per cent of the way to equilibrium. This does not hold for liquid
flow in a bed, since v/D can be 103 or 104 as great in liquids as in gas mix-
tures; the mass transfer resistance may be dominant in single-phase liquid
flow in beds if the catalyst is reasonably active.

Mixed-phase operation of fixed beds is becoming increasingly common,
with down-flow of a mixture of gas and liquid. No adequate correlations of
mass transfer data for such systems have been published, and it is evident
that the process is complicated. Liquid flows over and probably saturates
the porous pellets, so that reactants in the gas must first diffuse across a
flowing liquid film and then into the liquid filled pores to reach the internal
catalyst surface.

The thickness of the liquid film on the pellets is evidently quite small in
these ““trickle beds”. If the void volume is 40 per cent with 5 mm pellets,
and if the “dynamic hold-up” of liquid is one-third the void volume, then
the average thickness of the liquid layer is only 0-185 mm. The diffusional
resistance of this film is small compared with that of the porous pellet of
radius 2-5 mm.
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As noted earlier, the temperature of the catalyst surface may be quite
different from that of the ambient fluid. If the rate and enthalpy of the reac-
tion are known, then the difference in the temperatures of fluid and solid
may be calculated if the heat transfer coefficient 4 is known. Correlations of
heat transfer data exist for many geometries and flow systems, and are
generally somewhat more complete and reliable than those available for
mass transfer. One example is the line on Figure 3 representing Jg for packed
beds. If the fluid velocity is low, the catalyst active, and the reaction highly
exothermic, the catalyst surface may be 100°C or more above the tempera-
ture of the ambient fluid.

DIFFUSION AND REACTION IN POROUS CATALYSTS

Porous catalysts are employed in order to provide a very large catalytic
surface in a small volume, at low cost. The pores are very small, however,
and diffusion of reactants into the catalyst, and products back out, may
dissipate a large part of the available chemical potential. The theory of
simultaneous diffusion and reaction in porous catalyst is now more than
25 years old11-14, and has been discussed extensively in the literature. It has
not been employed widely in engineering practice, however, since the surface
kinetics can seldom be predicted, and there are as yet no adequate methods
to define the structure of porous solids in such a way as to make it possible
to predict diffusion coefficients with confidence. This theoretical develop-
ment has proved, nevertheless, to be a major contribution to the understand-
ing of catalyst systems.

The nature of the theory will be described by summarizing the relations
which have been developed for diffusion into a spherical porous pellet in
which there is an irreversible surface reaction which follows power law
kinetics.

Diffusion is assumed to be described by the relation:

N = Dg dr (10)

where Nis the molal diffusion flux of reactant into a pellet of radius R, per
unit of total cross section normal to the radius; Dxg is the “effective” diffusion
coefficient, and d(/dr is the reactant concentration gradient at r = r. A
reactant balance for a differential shell leads to the basic differential equation,
which is integrated with the boundary conditions ¢ = Cy at r = R and
dC/dr = 0 at r = 0. The result for a first order reaction is:

dn ! :
— 5 = 4mRDy Cy ¢ [m‘?b] o
where:
by \ L2
$=R (ITE) -

The total reaction rate is — dn/d¢ mole/sec; &y is the reaction rate constant
defined on the basis of unit volume of the porous catalyst.
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If all of the interior surface were exposed to reactant at the concentration
Cs (that at the outer surface of the pellet), the reaction rate would be:
dn

4
— 5 = 3 "FRCs = VehiCi (13)

The “effectiveness factor” of the pellet, defined in connection with equation
(1), is obtained by dividing equation (11) by equation (13):

3 1 1
= Jani s~ 4 )
The nature of the relation between 7, and ¢ is illustrated by the curves
shown on Figure 4 for spheres with reaction orders of zero, one, and two.
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Figure 4. Effectiveness factor with power-law kinetics

Cases involving bulk flow in the pores, due to volume change on reaction
have also been analysed15. 16,

If the reaction rate is small and Dg large ¢ is small and %, approaches
unity. This means that essentially all of the internal catalytic surface is
“effective”. If the reaction rate is large or Dg quite small ¢ becomes large
and 75p may be quite small. In this case much of the internal surface is
ineffective; most of the reaction occurs near the outer pellet surface as
reactant diffuses in through the pores.

The theory which has been outlined briefly would clearly be of great
practical value if it could be employed quantitatively. Unfortunately, the
diffusion process is complex and there are but limited data on Dy for porous
catalysts of interest. The data required to fix the chemical rate constant ky
and the order of reaction are often difficult to obtain. Nevertheless, the semi-
quantitative analysis of a heterogeneous reaction may point the way to
process improvements. If ¢ is known to be very large or very small, even
though its exact value is known quite imprecisely, np can be shown to be
either very small or near unity. If 5y is near unity little will be lost by employing
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larger pellets, thereby reducing bed pressure drop and probably reducing
the cost of pellet manufacture. If gy, is small the pellet size should be reduced
if that is practical. A change in the method of manufacture to substantially
increase the effective diffusivity may also be possible. Other things being
equal, highly active catalysts will show low effectiveness factors, and poor
catalysts will show effectiveness factors approaching unity.

Considerable progress has been made in recent years in the development
of methods of predicting Dg, but there is much yet to be done. Knudsen
diffusion takes place at low pressures in small pores, but ordinary molecular
or “bulk” diffusion prevails at higher pressures and in the larger pores. The
transition region between the two extends over a rather wide range of pres-
sures in a given pore structuret?, 18, The Knudsen coefficient for diffusion
in a straight round pore (based on the pore cross-section) is given by:

Dy = 9700 7, (T|M)1/2 (15)

where 7e is the pore radius in cm. The usual binary diffusion coefficients
apply for ordinary molecular diffusion in pores. An approximate equation
for D in a straight pore in the transition region isl9;

1
= 1/Dx + 1/Dx

where Dy is the value for molecular diffusion.

The difficulty in applying these simple relations to diffusion in porous solids
lies in the complex pore structure of common catalysts. Pores are neither
straight nor of uniform cross-section. Pellets formed by compressing powders
usually have a bimodal pore structure, a portion of the pores being very
small and most of the remainder relatively large. Knudsen diffusion may
prevail in the smaller pores and diffusionin the transition or bulk region takes
place at the same time in the large pores. Models of the structure have been
proposed20 which have shown promise of providing a basis for a useful theory
and correlation, but it is extremely difficult to characterize a complex pore
structure in a simple way. Surface diffusion along the pore walls has been
the subject of a number of recent papers, but it would appear that this
phenomenon will require more study before its importance in pore diffusion
can be described quantitatively.

Flow and diffusion in porous materials have sometimes been analysed
by introducing an empirical ‘‘tortuosity factor’’, by which the rate calculated
for a straight round pore is divided. Thus for Knudsen diffusion in a material
having a porosity 8;

D (16)

M
This follows from equation (15), with 7, replaced by 28/Sgpp, where Sg
is the pore surface per gram and py is the pellet density. Figure 5 shows data
collected from various literature sources (7able 1) plotted for comparison
with the solid line representing equation (17). The empirical factor 7 evi-
dently varies from approximately 0-3 (the top line) to 59 for porous,
unfused Vycor glass. The data of Weisz and Schwartz21 on porous oxide-
derived gels (not shown) give values of = ranging from 1 to 3. Catalysts with
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Figure 5. Data on diffusion of gases in consolidated porous media compared with equation (17)
for Knudsen diffusion in straight round pores. For full experimental data and key see Table 1

Table 1. Diffusion and flow in porous media (experimental data shown on Figure 5)

] Tem- E
Material Technique Gases perature | re (A) [/ T
(0°K)

B Alumina pellets Diffusion | Ng, He, COg| 303 96 | 0-812 | 0-85
A\ Fresh and regenerated | Flow Hz, No 208 | 31-50 | 0-464 | 21
silica—alumina crack- 0-447

ing catalyst
X Vycor glass Flow HZ}Q’ He, A, | 298 30-6| 0-31 59t
2
@® Water—gas shift catalyst | Diffusion | Oz, N2 298 177 | 0-52 2-7
0 Ammonia synthesis Diffusion | Oz, N2 208 203 | 0-52 3-8
catalyst
O Vycor glass Flow He, Ne, Ha, | 292 30 | 0-208 | 5Ot
A, Ng, Og, | 294
Kr, CHa,
CaHg
+ Vycor glass Flow H,, He, A, ! 298 50 | 028 591
2
A Silica—alumina cracking | Reaction | Gas oil 755 | 28-71 — | 3-10
catalyst various treat-
ments
@ Vycor glass Flow A, N2 298 46 | 0-305 | 5-9¢
7/ Alumina-silica cracking | Flow He, Ne, A, | 273~ 16 | 040 0-725
catalyst No 323
V¥ Alumina-silica cracking | Flow He, Ne, Ny | 273- 24 | 0-53 0-285
catalyst 323
© Vycor glass Flow He, CQsq, 298 44 | 0-31 5-9%
Na, Oz, A
® Silica—alumina cracking | Reaction | Cumene 420 (24) {(0-50) | 5-6
catalyst
+ Nickel-alumina} Reaction | o-Hz, p—-Ho 77 (30) |(0-44) {18

+ Average value for the five sets of data on Vycor.
1 Data were obtained in the transition region. Dg for Knudsen diffusion was calculated from the observed Dg by

equation (16),
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bimodal pore structure give the smallest values of 7. Poor as this simple
correlation is, it can provide rough estimates of Dy which are often quite
useful.

Values of Dg are usually obtained by measuring the diffusion of a gas
through a porous sample, or the flow resulting from a pressure gradient.
Data obtained in these ways are of doubtful application to the theory of
pellet effectiveness, since there may be many dead-end pores which provide
useful catalytic surface but do not contribute to steady-state flow or diffusion.
The best source of values of Dy is data on the catalytic activity of the material.

The pellet effectiveness factor np is defined by:

dn
T 1pVekyCs (18)

This may be combined with equation (12) to eliminate %y and obtain

R2 1 dn
2 = —cofl — = —
¢ DECS( Ve dt) (19)

The effectiveness factor 7 is a function of ¢2.9p, as can easily be obtained
from equation (14). A graph of yp vs. ¢2.7p looks very much like Figure 4.
To obtain a value of Dg, from reaction rate studies, several catalyst tests are
run under identical reaction conditions but with different pellet sizes, and
also with a bed of small particles or powder. The data are used with equation
(19) to obtain several values of ¢2.np, and with equation (18) to obtain
corresponding values of £y 9p. There should then be only one value of 4y
and one value. of Dy, which cause the data to fit both equation (18) and the
theoretical curve of np vs. ¢2.mp. Such data demonstrate clearly the pellet
size range where the effectiveness factor falls to a fraction, even though they
may not be used to calculate &y, and Dg individually.

Tt has been emphasized that analyses of reaction kinetics based on con-
centrations in the ambient fluid can be quite misleading. Furthermore, the
temperature Ty of the outer pellet surface is usually different from that
(To) of the following fluid. The temperature difference 75— T can be
estimated by the use of existing correlations of heat coeflicients, just as
Cs — C is estimated from correlations of data on 4. Thus Figure 3 provides a
basis for the estimation of Ty — T in packed beds, and other correlations
are available for many geometries and flow patterns. h

Temperatures within the interior of porous catalyst particles may be
greater or less than the temperature T at the surface, depending on whether
the reaction is exothermic or endothermic. Under steady-state conditions,
if the reactants diffuse into the particle across the same surface as the heat

must be dissipated, then the maximum internal temperature Tmax. is given
by:

Tmax. - Ts Y

(20)

where AH is the enthalpy of the reaction, and A is the thermal conductivity
of the porous catalyst. This maximum occurs when the values of Dg and
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kv are such that reactant is consumed before it diffuses to the interior, where
C is then zero.

In the case of exothermic reactions the effectiveness factor 7p, as defined
by equation (18), may be greater than unity if £y is taken to be the rate
constant at T, where the reactant concentration is Cs. This occurs when the
increase in rate caused by increased temperature towards the centre of the
pellet more than compensates for the drop in concentration.

Several cases of diffusion and reaction in pores have been analysed to
determine the manner in which the heat of reaction affects the effectiveness
factor of the pellet22-24, Wiesz and Hicks?4 represent their calculated results
for first order reaction in spheres in the form of graphs relating 7, to three
dimensionless groups:

(4, G 8 -

”!’ *RTy AT,
where E is the activation energy and R is the gas constant. These analyses,
compared with that for isothermal pellets, show that the apparent activation
energy, based on Cg and T, can be greatly different from the true value E.

The selectivity of a porous catalyst may be very different from that for a
smooth surface of the same material. In the case of a sequential irreversible
reaction, for example, the internal pores are exposed to the first products
for an extended time and the production of the second products may be
greater than desired in relation to the amount of the first products. Though
the theory of selectivity in such cases has been discussed by Wheelerl6 and
others, there have been very few experimental studies to confirm the pre-
dicted variation of selectivity with pellet size, pore structure, and reaction
path. It is obviously a subject of great practical importance in industry.

Only recently has the theory of diffusion and reaction beeen extended to
incorporate Langmuir-Hinshelwood instead of power law kinetics25-27,
Assuming the rate expression to be:

( 1 Cl'_l) . kKapa
Ve dt ) a 1 + Kapa + Zkipi

Roberts and Satterfield2? present a graph of 9y vs. L(k,RT|D 2)1/2 with curves
for various values of Kpas. The derivation was for a flat porous plate of
thickness 2L; p4 is the partial pressure of reactant 4 disappearing at the
rate given by equation (22), pas is the value of p, at the plate surface, and
K is given by:

(i # 4) (22)

Kx — D S(KiBi/Dy)
ST+ S KiPist (pasBDaDy] ¢ 74

Here D and D; are the effective diffusion coeflicients for 4 and the species i,
and the Bj are the corresponding stoichiometric coefficients (taken as posi-
tive unity for reactant 4, negative for the other reactants, and positive for
products). K is zero for a simple first order reaction, negative for strong
product adsorption, and positive for strong reactant adsorption. The results
show 7y to be very much less for large negative than for large positive values
of Kpas; pore diffusion becomes important with much smaller particle sizes
if the products are adsorbed more strongly than the reactants.
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Roberts and Satterfield have extended their analysis to the case of a
second order reaction for which the rate expression is:

A fde\ _ kpaps
Ve ( de )A T (14 SKip)®

Their study shows that in this case it is possible for 7, to be greater than
unity and, in some cases, to be triple-valued, even though the system is
isothermal.

Both theoretical and experimental studies of reaction in porous catalysts
have been largely confined to gas systems, though the basic concepts apply
also to liquids. An interesting study of a liquid system is reported by O’Con-
nell?8; who employed the hydrogen form of an ion exchange resin (Dowex
50W x 8) in the inversion of sucrose at 50°, 60°, and 70°C, using four
sizes of resin beads (0-004, 0-027, 0-055 and 0-077 cm diameter).

O’Connell’s data are plotted in Figure 6 as % vs, ¢, with a solid line shown

(24)
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02— -
01 I [ | |
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=R v
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Figure 6. Sucrose inversion in ion exchange resin beads

to represent equation (14). Values of £y/Dg of 90,000, 149,000 and 372,000
were used in calculating ¢ at 50°, 60°, and 70°C respectively. Separate
measurements of Dg by transient adsorption of sucrose into the sodium form
of the resin enabled £y to be calculated; these values of £y agreed well with
kv calculated from the results with the finest resin, for which n, was assumed
to be essentially unity. Dy was found to be 269 x 10-8 cm?[sec at 50°C,
and the activation energy for diffusion was 5-5 kcal/g mole; the activation
energy for the overall process varied from 25 kcal for the very small beads to
18 kcal for the 0-077 cm beads. The theoretical relation is seen to provide an
excellent basis for the correlation of data on such systems.

CONCLUSION

Published analyses of experimental data on heterogeneous catalysis are
frequently misleading because of failure to allow for diffusion from fluid
to solid, and within porous solids. Existing correlations of mass transfer data
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provide means of estimating the surface concentrations for many geometries
and flow systems. Though these are incomplete and frequently imprecise,
they can often be employed to show that the diffusional resistances are either
negligible or dominant. Where it is possible, investigations of heterogeneous
catalysis in flow systems should be carried out with ““uniformly accessible’
surfaces under conditions for which reliable mass and heat transfer correla-
tions are available.
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